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The novel application of a catalytic water-gas-shift membrane reactor for selective removal of CO from H,-rich refor-
mate mixtures for achieving gas purification solely via manipulation of reaction and diffusion phenomena, assuming
Knudsen diffusion regime and the absence of hydrogen permselective materials, is described. An isothermal, two-
dimensional model is developed to describe a tube-and-shell membrane reactor supplied with a typical reformate mix-
ture (9% CO, 3% CO,, 28% H,, and 15% H>0) to the retentate volume and steam supplied to the permeate volume
such that the overall H,0:CO ratio within the system is 9:1. Simulations indicate that apparent CO:H, selectivities of
90:1 to >200:1 at H, recoveries of 20% to upwards of 40% may be achieved through appropriate design of the cata-
lytic membrane and selection of operating conditions. Under these conditions, simulations predict an apparent hydrogen
permeability of 2.3 X 10~'° mol m™" Pa, which compares favorably against that of competing hydrogen-permselective
membranes. © 2013 American Institute of Chemical Engineers AIChE J, 59: 4334-4345, 2013
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Introduction

The development of cost-effective hydrogen purification
technologies remains a critical challenge to the modern
petrochemical industry,l’2 owing to its many uses in the
refinery, from treating sour crude oils to catalytic upgrading
of olefins."* The growth of the biorefinery industry for pro-
ducing alternative fuels from domestic and renewable resour-
ces is expected to increase hydrogen demand, as current
biofuels require significant upgrading and reforming to
achieve combustion properties comparable to petroleum dis-
tillates.*> Likewise, demand for hydrogen in the petrochemi-
cal industry is expected to continue to rise as increasingly
sulfur- and nitrogen-rich crude oils populate the market.”

Steam reforming of hydrocarbons, which yields a hydrogen-
rich gas mixture containing significant amounts of both carbon
monoxide and carbon dioxide, represents 95% of total hydro-
gen production.®’” Subsequent hydrogen purification can be
achieved through cryogenic distillation, absorption, pressure-
swing adsorption, or membrane separation, with the latter
being of particular interest owing to the combination of low
maintenance and operating costs, continuous operation, and
high capacities.g_10 Existing permselective membrane technol-
ogies reported in the literature to-date for hydrogen purification
have primarily used either permselective polymeric' ™" or pal-
ladium-based'* materials. In both cases, additional hydrogen
recovery from reformate mixtures has been demonstrated by
coupling the permselective membrane with water-gas-shift
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reaction.'>'® Polymeric membranes provide promising permse-
lectivities (typically 50-100:1) between hydrogen and carbon
monoxide at relatively low costs, but lack thermal stability at
temperatures above 200°C which limits their compatibility
with high-temperature water-gas-shift reaction or other sup-
porting catalytic reactions.'”'® Dense palladium membranes
present infinite theoretical permselectivity for hydrogen over
any other gaseous species,'® but lose permeability when
exposed to steam and carbonaceous species owing to competi-
tive surface adsorption'®?' and are prone to embrittlement
after several thermal and H, exposure cycles.'**? These issues
with palladium membranes can be mitigated by alloying with
metals such as Ag, Cu, Au, and Ru,14 or by operation at suffi-
ciently high temperatures as to minimize competitive adsorp-
tion effects. Microporous inorganic membranes (pore size <1
nm) have also been successfully used for selective hydrogen
separation.”>?* These membranes are primarily silica-based,
which can be easily produced using either sol-gel dip coating
or chemical vapor deposition23‘25 and have shown to yield Hy/
N, selectivity exceeding 10,000.>° However, they have poor
chemical stability when exposed to water vapor which is either
a product or a reactant in hydrocarbon reforming.®> Although
the above permselective membrane technologies have been
directed at achieving high-purity hydrogen (>99.9% H.,), in
many industrial applications hydrogen purity requirements are
far less stringent, with the majority of refinery operations
requiring hydrogen purities of 80-95%.'~ This then makes the
selective removal of carbon monoxide the primary objective
for hydrogen purification for industrial applications.

In this article, the authors explore the use of a nonpermse-
lective catalytic membrane reactor (CMR) to achieve competi-
tive carbon monoxide removal from hydrogen-rich reformate
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mixtures via water-gas-shift reaction, while avoiding the costs
and limitations associated with polymeric or metallic permse-
lective materials. Catalytic membrane reactors, in which a
porous, nonpermselective catalytically active membrane pro-
vides simultaneous reaction and separation between two dis-
tinct flow volumes, have been successfully used to address
multiple chemical reactor design challenges to-date.””*® Flow-
through catalytic membrane reactors,” in which all reactants
are forced to transport through the catalytic membrane, have
been investigated for achieving moderate separation of reac-
tion products owing to disparities in species diffusivities®”*
which can be further exploited to overcome equilibrium limi-
tations on reaction conversion.”>*!

Segregation of reactants between either face of the cata-
lytic membrane enables greater manipulation of reaction
selectivity,31_33 by exploiting the diffusional resistances
within the membrane to control the extent of reagent mixing.
In the limit of complete segregation of reactants and suffi-
cient membrane thickness, the catalytic membrane effectively
prevents crossover or “slip” of the segregated reactants from
one fluid volume to the other.>*>° This approach to catalytic
membrane reactor design was first proposed by Sloot et al>*
for the case of the Claus reaction between hydrogen sulfide
and sulfur dioxide, in which the counterdiffusion profile of
reactants combined with significant diffusional resistances
resulted in almost complete prevention of reactant crossover.
Subsequent investigations have further demonstrated the
value of this approach for carrying out processes normally
requiring strict stoichiometric feed rates of reactants, or in
which crosscontamination of reactants is undesirable.*'->

In this work, the authors explore the extension of the
above membrane reactor concepts to the task of carbon mon-
oxide removal from hydrogen mixtures using a catalytic
membrane active for water-gas-shift reaction. This represents
the first exploration of employing catalytic membrane reac-
tors in the absence of any permselective materials (barring
permselectivities arising from Knudsen diffusion), for the
purpose of gas purification. In lieu of permselective materials
(e.g., palladium), water-gas-shift reaction is used to convert
CO contaminant to a combination of desired hydrogen and
benign carbon dioxide by-product, while supply of additional
steam coreactant to the permeate surface provides a means
to overcome equilibrium limitations of carbon monoxide
conversion within the membrane. In doing so, this effort
establishes a tradeoff between maximizing hydrogen perme-
ance across the membrane and minimizing “slip” of carbon
monoxide contaminant. This is achieved by using a combina-
tion of intermediate membrane thicknesses and the addition
of steam coreactant to the permeate volume. The ability to
achieve selective gas purification in the absence of any
permselective materials is explored through a series of two-
dimensional (2-D) design simulations of this catalytic mem-
brane concept over a range of catalytic membrane activity,
thickness, and operating temperature. Results demonstrate
the potential of combining the principles of flow-through and
segregated-flow catalytic membrane reactors to achieve gas
purification without permselective materials.

Theoretical

Design of catalytic membrane reactor for CO removal
from reformates

A countercurrent shell-and-tube catalytic membrane
system is proposed for the present theoretical investigation
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(Figure 1la). The tubular membrane itself may be formed
from a macroporous mechanical support of sufficient thick-
ness using established sol—gel37 techniques in conjunction
with vacuum-infiltration to ensure the macropore network of
the mechanical support is loaded with active material. Alter-
nately, deposition of the catalytic layer overtop the mechani-
cal support may be achieved via washcoating methods.”®
The present model may be applicable to the latter case as
well, assuming negligible transport resistances within the
macroporous substrate such that it may be -effectively
omitted.

A 2-D model is developed to describe the membrane reac-
tor operating in countercurrent flow mode (Figure 1) with an
inner or bore radius of 4.75 mm (based on a typical porous
stainless steel substrate) and an outer or shell radius calcu-
lated based on the catalytic membrane thickness to ensure
identical retentate and permeate flow volumes (see Figure
1b). Catalyst membrane thickness, ¢, and catalyst activity
factor, 9, are selected such that CMR performance is investi-
gated over a range of normalized Thiele modulus (®) and
dimensionless separation factor (£). The catalyst activity fac-
tor represents the activity of the catalytic membrane relative
to a reference material (in this study, the activity of a
5 wt % CuO/Al,O3 catalyst for which water-gas-shift
kinetics are known).

The normalized Thiele modulus is determined from Eq. 1
using shape- and second-order kinetics normalizations fol-
lowing Aris® and accounting for reaction reversibility fol-
lowing Carberry40

ro(l’éo,mT)'RT 1 ) 1/2 Keq+1 1/2
(D:[ca[—'_'_ D

Decf(f) 'p}éo,o 2 3 Keq
(D

The resulting design parameter represents a dimensionless
ratio of the rate of CO reaction within the membrane relative
to the permeation rate of CO (undesired permeate) across the
membrane. A dimensionless separation factor, &, is then
defined as the ratio of hydrogen (desired permeate) transport
across the membrane relative to the rate of CO conversion
by water-gas-shift reaction within the membrane, and is

defined as
D\ [ Pir, o
6 — Amem finem RT

Vinem P -7, (pi,o,T)

(@)

A summary of catalyst thicknesses and activity factors
used in this work to investigate membrane designs spanning
® € (1..7.6) and ¢ € (0.1..10) is provided in Table 1.

A simulated diesel reformate mixture comprised of 9%
CO, 15% H,0, 28% H,, and 3% C0241 is supplied to the
retentate volume, whereas pure steam is supplied to the per-
meate volume as a sweep gas. The use of steam as sweep
gas provides segregation of reactants for water-gas-shift
across the catalytic volume such that slip of CO from reten-
tate to permeate volume is minimized. The sweep gas flow
rate is then determined such that an overall CO:H,O molar
supply ratio of 9:1 is maintained over all feed or reformate
flow rates studied. For each value of feed or reformate flow
rate, a dimensionless Damkohler number is calculated based
on the initial rate of water-gas-shift reaction and residence
time as follows
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Figure 1. Water-gas-shift catalytic membrane for selective removal of carbon monoxide from hydrogen-rich refor-

mate mixtures.

(a) Schematic of membrane operation; (b) cross-section of membrane highlighting modeling approach; (c) concentration profiles
through radial cross-section of membrane illustrating principle for carbon monoxide removal. [Color figure can be viewed in the

online issue, which is available at wileyonlinelibrary.com.]
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Performance of individual membrane designs is investi-
gated by simulating each catalytic membrane reactor design
over a broad span of Da to encompass both high apparent
H,:CO permselectivity and high H, recovery regimes.

Model assembly

A steady-state 2-D model is developed to describe the
reaction, diffusion, and/or heat conduction within the cata-
lytic membrane active for water-gas-shift reaction in cata-
lytic membrane reactor architecture described above for both
isothermal and adiabatic cases. Reaction and diffusion in the
catalytic membrane is described assuming a nominal pore
diameter of 10 nm and negligible transmembrane pressure
drop (i.e., equal retentate and permeate pressures), such that
a single-component Fick’s diffusion model with effective
Knudsen diffusivities may be used

PX,‘

v (D;fﬂ.vc,») =1+ where C;= o (4a)

Assuming a porosity of 45% and tortuosity of 2,** the
effective Knudsen diffusivity is estimated from kinetic

theory of gases
g1 [8RT]*
DE =1 (gdﬂ [—M} > @0

Water-gas-shift reaction is modeled using the power-law
rate expression described by Mizsey et al.*® for a CuO/
AlL,O3 (5% copper on alumina) catalyst, assuming a catalyst
density of 1000 kg m >

PEo,Pi;
reo =k ( PCo PR~ (52)
Keq

with forward rate and equilibrium coefficients defined as
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ky=2.25X10"3exp {w} and keq =9.543X 10 %exp {313;116}
(5b)

Retentate and permeate fluid volumes are modeled assuming
ideal plug flow behavior with no axial dispersion or back mixing.
Both volumes are assumed to be isobaric with uniform outlet
pressure of 1 atm (i.e., assuming negligible pressure drop). The
resulting 1-D equations describing individual species molar flow
along the axial length of the membrane assume mass appearance
in the bulk fluid volume occurs via gas-solid mass transfer, that is

1 drf SF( F_ cat\ pF_pF
AF o Ked (P} —pi"),Fi =Fi, @2=0  (6a)
C
1 dr$
S o (P} —p$™),Fi=F}, @z=0.15  (6b)
c ¥ '

The fluid and catalyst volume models are linked through
boundary conditions equating individual species mass fluxes
normal to the fluid-catalyst boundary

v (D;{‘; ci) =Ky (pf S _peat ) M, (6¢)

Table 1. Summary of Design Parameters
Employed for Present Study

£=0.1
@ t (m) d & ¢ (m) 5

7.6 1.56 X 1073 0.23 0.1 1.56 X 1073 0.23
5.24 132 x 1073 0.15 0.2 1.13 X 1073 0.44
2.99 1.01 X 1073 0.086 03 093 X 1073 0.65
2.5 0.96 X 1073 0.077 04  0.81x 1073 0.86
23 089 X 107> 0065 05 073x10° 1.06
1.7 0.77 X 1073 0.048 1 0.52 X 1073 2.08
13 068 X 1073 0036 2 037 X 107> 4.09

5 0.24 x 1073 10.1

10 017 X 1073 200

D =176
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Initial analysis is performed assuming isothermal operation
to isolate the impact of mass transport and reaction on mem-
brane performance. Subsequent analysis is performed assum-
ing adiabatic operation to investigate the impact of reaction
heat on membrane performance. Conductive heat transport
within the catalytic membrane is described using an effective
thermal conductivity following Butt**

V(kea VT )= (=AH,) - (—rco - 8) (7a)
)Kksolid (7b)

Fluid-phase energy balances assuming 1-D plug flow with
heat appearance in bulk fluid occurring solely via gas-solid
heat transfer are used with initial conditions corresponding
to inlet retentate and sweep temperatures at z=0 and
z = 0.15, respectively

dTF (Z oo F )

TF=TF @;= (8a)

dTF (Z o F )

TS=T5 @z=0.15 (8b)

where ke = szkgas +(1—¢

" AL(T-TF), 1.C

a8 AL (T =T%), 1.C.

The fluid-wall heat-transfer coefficient is estimated from
the fluid Prandtl (Pr) and Reynolds numbers (Re) following
Eq. 8c, valid at Reynolds numbers between 40 and 2000%

Nug, = h’;;d =(0.24)Pr5 Re®®, Re=<drp’u>,Pr=
s

kcat
(8c)

mix

Fluid velocity is calculated from the sum of individual
species molar flow rates and assuming ideal gas relationship
between molar and volumetric flow rates. Dynamic viscosity
of the gas mixture is evaluated as a function of composition
and temperature using the semiempirical formula developed
by Wilke,*® with all values for Lennard—Jones parameters

taken from®*’
1/2 1/472
Hi M;
HONON

V8- (1+%)1/2

&

where ¢;; =

=y Zx’“’
)
i= 1X,+ ; lxl i

s VM,T
2Q,

and ;=2.67X1073 (8d)

The fluid and solid-phase energy balances are coupled at
the boundary of retentate and permeate volumes using Eq.
8a and 8b, solved with given initial conditions.

Numerical methods

The resulting 2-D model was implemented using the com-
mercial COMSOL Multiphysics V3.5 environment equipped
with the Chemical Engineering Module, using separate con-
vection and conduction physics modules in 2-D radial sym-
metry mode to describe mass and heat transport within the
catalyst volume. Separate coefficient-form partial differential
equation modules are used to describe convective heat and
mass transport in retentate and permeate volumes. Weak
boundary form equations are used to describe the solid-fluid
heat transfer at the boundaries. Finite element meshes used
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in this work consisted of approximately 30,000 triangular
elements, resulting in ~4 X 10° degrees of freedom. All
numerical solutions met overall and atomic mass balances
within 0.01% error. Further refinement in mesh size resulted
in negligible change in solution accuracy. Solutions were
obtained using the prepackaged stationary Direct UMFPACK
solver (v4.2) written by Davis, who employs an unsymmetric
multifrontral method for solving sparse, unsymmetric linear
systems.48 All simulations were carried out on a Dell Preci-
sion WorkStation T7500 with Intel® Xeon® CPU X5670
@2.93 GHz equipped with 24 GB of RAM, with a typical
solution time of 1200 s.

Analysis of simulation results

Results of individual simulations are used to characterize
the performance of the membrane system for achieving car-
bon monoxide removal from hydrogen-rich reformate mix-
tures via manipulations of water-gas-shift reaction and
diffusion. The reactor performance is evaluated in terms of
an overall conversion of carbon monoxide, defined as

FI(;OO (FéOe—i_FCOe)
Xco = 7 ©
FCO«)

The performance of the catalytic membrane reactor for gas
purification is characterized in terms of hydrogen recovery and
apparent gas permselectivities. Apparent H,:CO and H,:CO,
permselectivities are defined in terms of molar flows of each
species entering the retentate volume and exiting the permeate
volume. It is important to differentiate apparent permselectiv-
ities from the innate permselectivity arising from the assump-
tion of Knudsen diffusion. The latter is obtained via Eq. 4b as
the square root of the ratio of undesired to desired permeate
molecular weights, such that the innate Knudsen permselectiv-
ity of H,:CO and H,:CO, are 3.71 and 4.69, respectively. The
presence of appropriately manipulated reaction-diffusion phe-
nomena results in significantly higher apparent permselectiv-
ities than Knudsen values, as will be shown below.

Apparent selectivities are evaluated for two distinct modes
of operation (Figure 2a, b), specifically (i) as a gas purifica-
tion membrane (GPM), such that selectivities are determined
from permeate gas composition, and (ii) as a catalytic reactor
(CMR), such that analysis is based on overall, or blended,
outlet composition

S F S F
SGPM _ FHz e FHz 0 and SGPM — FHzxf FH: ,0
H./CO FfZO.e F{ZO 0 H2/CO> Féoz,e FIéOg,n

(10a)
SCM]({:O: Fﬁlze—'_Fflze F%20+F£20
H ’
ol F%O e+FCOe FEIO,0+F€O,0

S F S F
andSCMléO — FHz,e+FHz.,e FH2.,0+FH2‘0 (10b)
H
2/C0: F%OZ.L’_'_FEOZ,B FéOg,a—i—F[éOz.a

Two additional reference cases, corresponding to infinite
packed-bed reactors (PBRs) supplied with (I) the retentate
feed stream, and (II) both retentate and permeate feed
streams, are considered for the purpose of comparing appa-
rent permselectivities achieved by the catalytic membrane
reactor against values achieved by allowing water-gas-shift
reaction to reach chemical equilibrium. The resulting PBR
apparent permselectivities are defined as

DOI 10.1002/aic 4337



(a)

Reformate Gas

(b)

(CO,CO,H,0H,) == > :cc;,co,,u,c‘:-’.isg —_—
r::?;;m 4— Steam :‘::rg;:te 4—’ \_ Steam
<
Purified Product Purified Product
(c) @
Reformate Gas ?:;"’c’c’;‘:::;:; # =
(CO,CO,H OH,) ™= V= SIEAM iy V==

Purified Product

Purified Product

Figure 2. Summary of two membrane reactor modes of operation, (a) gas purification membrane or GPM mode
wherein only permeate effluent is retained as the purified product, and (b) catalytic membrane reactor or
CMR mode of operation wherein permeate and retentate effluents are blended to form the purified prod-
uct, and two reference cases of (c) an infinite packed-bed reactor receiving retentate inlet, and (d) an
infinite packed-bed reactor receiving mixture of retentate and sweep inlet.

[Color figure can be viewed in the online issue, which is available at wileyonlinelibrary.com.]

LI I,II LI LI
SI,II _ (FH2,0+XCO,eq ' FCO,0>/<FH2,0>
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=2.19&10.22 at 773K (10c¢)
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SI’H _ ( FH2,0+XCO,eq 'Fcoﬁo )/(Fﬂz,u )
H,/CO I LIl LI Il
2/C0 Féo,o +Xc0,eq 'Fco,o Féo,o
=0.48 & 0.35 at 773K (10d)

Last, the percentage of total hydrogen recovered is deter-
mined from the outlet molar flows of hydrogen, thus accounting
for both hydrogen supplied to the membrane for purification
and the potential hydrogen to be produced via water-gas-shift

S

HR FHZ N4

= e 100% (11
F{Iz‘e—i_Fig{g,e

The above metrics provide a fair comparison of the pres-
ent catalytic membrane design to traditional catalytic mem-
brane and PBR designs for the purpose of CO removal from
reformate mixtures.

Results and Discussion
Analysis of CMR performance at £ =0.1, ® =7.6

Simulations were first carried out for the design case cor-
responding to £ =0.1, ®=7.6 at 773 K. This initial design
conditions are selected as a first approximation to establish
the design criteria and provide insight into further parametric
analysis. Thiele modulus of 7.6 corresponds to an estimated
99.9% of theoretical maximum modification of species par-
tial pressure via reaction at the centerline, while the separa-
tion factor is selected such that water-gas-shift reaction is
the dominant phenomena within the membrane system. Fig-
ure 3 presents the overall carbon monoxide conversion
achieved in the catalytic membrane reactor as a function of
Damkohler number, Da. The equilibrium carbon monoxide
conversion corresponding to feed (reformate) composition

XICO_Eq =0.474) and a blend of reformate and sweep gases
XICIO_’Eq =0.875’) are provided for reference. As Da increases
rom zero, carbon monoxide conversion rapidly increases
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toward the upper limit of XgoiEq’ followed by a moderate
reduction in conversion with further increases in Da before
returning to the upper limit of XICIOAEq. This local reduction
in CO conversion at intermediate values of Da is the result
of axial mass dispersion within the catalytic film which
dilutes the driving force for water-gas-shift reaction. This is
illustrated in Figure 4, which presents contour maps of CO
and H,O partial pressures at increasing values of Da. Inspec-
tion of volume integrals and maximum values of water-gas-
shift rates confirm a reduction of overall reaction rate owing
to increased diffusive mixing at intermediate values of Da.
Figure 3 also identifies a first operating point () at which
carbon monoxide conversion within the catalytic membrane
reactor is equal to the equilibrium conversion corresponding
to the reformate composition (X%:OA,Eq)' Thus, at operating
point (), the CO conversion achieved by the catalytic mem-
brane reactor is equal to that expected for reference Case II.
Figure 5a presents H,:CO apparent permselectivities based
on the permeate effluent composition for the design case of
£=0.1, ®=7.6 at 773 K. At very high flow rates (i.e., Da
approaching zero), catalytic contributions to gas separation
become negligible such that observed H,:CO selectivity is
equal to the inherent permselectivity of the catalytic film

100

i I
R g ot ]
wl ..Ql‘l = Kco, Eq
1
im "
i
60 i
Xco I
“‘& ‘‘‘‘‘‘‘‘‘‘‘‘‘‘‘‘‘ AT XCO‘Eq*X
4 ®
L]
I
j i
20{m ,Da
]
o LI . ; r .
0.0 05 1.0 1.5 2.0 25
Da

Figure 3. Carbon monoxide overall conversion vs. Da
for water-gas-shift catalytic membrane reac-
torat ®=7.6, £=0.1.
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Figure 4. Influence of increasing residence time on mixing in the catalytic membrane, ® =7.6, £ =0.1.

At (a—c) Da = 0.058, (d—f) 0.640 and (g-i) 2.140, (a,d,g) CO partial pressure, (b,e,h) HO partial pressure, and (c,f,i) local rate of
water-gas-shift reaction are plotted as function of position within the catalytic membrane.

(~3.7:1). Slight increases in Da result in significant increases
of apparent H,:CO permselectivity to a maximum value of
459:1 (shown in inset), followed by an asymptotic decline in
selectivity toward the intrinsic Knudsen selectivity of the
membrane €SH /co =3. 7§ as Da approaches infinity. A sec-
ond operating point (**) is identified corresponding to this
maximum in achievable H,/CO separation. Figure 5a further
allows identification of a third operating point (*), corre-
sponding to SH jco = 10.22:1 at 773 K. This third operating
point (¥) thus represents the maximum Da at which the cata-
lytic membrane reactor is capable of achieving greater CO
mitigation in the product stream than a conventional PBR.
Figure 5b presents the blended H,:CO apparent permselec-
tivity as a function of Da. The observed trend in blended
permselectivity matches that for carbon monoxide conver-
sion, with a local maximum approaching the aforementioned
limit of 10.22:1 coinciding with a maximum conversion
approaching the upper limit of XICIO“Eq =0.875.

Figure 6 presents the apparent H,:CO, permselectivities
based on permeate effluent composition (GPM) and a
blended composition of both retentate and permeate streams
(CMR). In both cases, apparent permselectivities are consis-
tently <1:1, owing to the generation of additional carbon
dioxide via water-gas-shift reaction. It should be noted, how-
ever, that the gas purification mode of operation (i.e.,
H,:CO, permselectivity based on permeate gas composition)

AIChE Journal November 2013 Vol. 59, No. 11

Published on behalf of the AIChE

results in a higher ratio of H,:CO, product partial pressures,
as compared to the catalytic membrane reactor mode of
operation (i.e., H,:CO, permselectivity based on blended
effluent composition).

Figure 7 summarizes the performance of the catalytic
membrane system for gas purification by directly comparing
H, recovery and apparent H,:CO selectivity. The resulting
curve is bounded by the intrinsic Knudsen permselectivity of
the catalytic film (3.7:1) both as Da approaches zero (corre-
sponding to HR approaching zero), and at Da approaching
infinity, corresponding to HR = 66%. The three operating
points identified in Figures 3 and 5 provide appropriate
boundaries for identifying (i) an unfavorable region of oper-
ating space wherein greater removal of CO may be achieved
using a conventional PBR, (ii) a region of high CO removal
at the expense of low H, recovery, and (iii) an intermediate
region achieving a combination of favorable CO removal
and H, recoveries. Based on this analysis, an “optimal” oper-
ating point (), corresponding to an overall CO conversion
equal to the equilibrium conversion achievable with the
reformate composition (i.e., @X=X}5q), is selected as the
most appropriate operating point for employing the catalytic
membrane reactor as a GPM. For the case of ¢=0.1 and
® = 7.6, this design point corresponds to a hydrogen recov-
ery of 24.3% at an apparent H,:CO permselectivity of
94.7:1.
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Comparison of CMR performance, varying & at ® = 7.6

The above analysis is repeated for a sequence of mem-
brane designs (summarized in Table 1) spanning separation
factor (¢) values of 0.1 to 10 while maintaining a constant
value for ®@ of 7.6. For each membrane design, performance
is evaluated at each of the three design points discussed in
Section Comparison of CMR performance, varying ®at &=
0.1. Figure 8a presents the apparent H,:CO permselectivity
obtained under GPM mode of operation as a function of sep-
aration factor, ¢. Two distinct regions (£ < 0.4, and &> 0.5)
are observed for the operating points corresponding to (**) a
maximum in H,:CO apparent permselectivity and (f) the
aforementioned ‘“‘optimal” operating point. Starting at the
lowest value of ¢ =0.1, negligible loss in permselectivity is
initially observed with increasing ¢ (increasing the hydrogen
permeance relative to rate of water-gas-shift and/or carbon
monoxide permeance) up to a limit of ¢ <0.4. At values of
£>0.5, apparent permselectivities are significantly reduced.
For the case of the (*) operating point corresponding to CO
removal by an infinite PBR, selectivity remains constant as
the latter value is not a function of ¢. Figure 8b presents the
percentile hydrogen recovery as a function of ¢ for all three
operating points. For the case of (*) and (f) operating points,
slight increases in hydrogen recovery are observed with
increasing &, which reflects a relative increase in hydrogen
permeability. For the case of (**) operating point, a signifi-
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cant increase in hydrogen recovery is observed between
04<¢ and £<0.5, coinciding with a drop-off in
corresponding maximum H,:CO apparent permselectivity
(Figure 6a). Overall, the results presented in Figure 8 con-
firm that the best gas purification performance is achieved
by the (f) operating point under conditions wherein ¢ < 0.4.
The results in Figure 8 therefore indicate an upper limit in
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Figure 7. H, recovery vs. effective H,:CO permselectiv-
ity, =17.6, £=0.1.
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Figure 8. Comparison of membrane design perform-
ance at ® =7.6.
(a) Apparent H,:CO permselectivity based on permeate

effluent composition as function of &; (b) H, recovery
(HR) as function of &.

separations becomes ineffective. Recognizing that Figure 8a
imposes the design criteria of a fixed value for
®, combination of Eqgs. 1 and 4b indicates that the target
membrane thickness scales with the square root of the pore
diameter. Substitution into Eq. 2 thus indicates that the sepa-
ration factor increases with the square root of the pore diam-
eter as well. Thus, for a specific application, there is
expected to be a maximum allowable pore diameter beyond
which a value of £ < 0.4 is unattainable at a desirable value
of ®@.

Comparison of CMR performance, varying ® at & = 0.1

Analysis is repeated for a sequence of membrane designs
(summarized in Table 1) spanning normalized Thiele moduli
(®) of 7.6-1 while maintaining a constant value of ¢=0.1,
in terms of the three operating points discussed above. Fig-
ure 9a presents the influence of decreasing Thiele moduli on
apparent H,:CO selectivity at each operating point. As dis-
cussed above, the selectivity corresponding to an infinite
packed bed (*¥) is invariant to the catalytic membrane design.
The maximum (**) apparent selectivity decreases to a value
of 10.2 (corresponding to the aforementioned reference case
of an infinite packed bed) as ® approaches unity, while the
apparent selectivity corresponding to the (f) operating point
falls below this minimum value at ® < 1.5.

Figure 9b presents the influence of decreasing Thiele mod-
uli (@) on hydrogen recovery at ¢ = 0.1. Increasing trends in
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hydrogen recovery are observed for both (1) and (**) operat-
ing points, which indicates that as Thiele moduli is
decreased, lower selectivities are achievable by the mem-
brane as the impact of water-gas-shift reaction on gas com-
position is reduced. This in turn alleviates the need for
maintaining high-concentration gradients across the mem-
brane via low residence times (or values of Da), which limits
hydrogen recovery rates. Thus, decreasing Thiele moduli
results in poor maximum selectivities, which may neverthe-
less be achieved at higher residence times and therefore
greater hydrogen recovery rates. Overall, the results in Fig-
ure 9 indicate that a design criteria of ® = 7.6 is sufficient to
achieve high permselectivities for both (f) and (**) operat-
ing points, whereas further increases in Thiele moduli repre-
sent a diminishing return on selectivity at the cost of further
reduction in recovery rates.

Comparison of isothermal CMR performance, varying
temperature

Based on the above analysis, a design point of (® =7.6,
&= 0.1) and the (f) operating point are selected as a basis
for comparing catalytic membrane performance for gas puri-
fication over a range of five isothermal operating tempera-
tures. Figure 10 shows the permeate hydrogen recovery as a
function of apparent H,:CO permselectivity obtained over a
range of Da at each isothermal operating temperature stud-
ied. In all cases, hydrogen recovery and H,:CO permselectiv-
ity follow the same trend discussed in Section Comparison
of CMR performance, varying ®at ¢= 0.1. Permeate
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Figure 9. Comparison of membrane design perform-
ance at £ =0.1.

(a) Apparent H,:CO permselectivity based on permeate
effluent composition as function of ®, (b) H, recovery
(HR) as function of ®.
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H, recovery (HR) vs. effective H,:CO permselectivity,
®=7.6,¢=0.1.

hydrogen recovery and apparent H,/CO separation increase
with decreasing temperature as reaction equilibrium shifts
toward CO, and H, formation.

Table 2 summarizes both membrane dimensional design
parameters (f, ) and performance in terms of hydrogen
recovery and apparent selectivities achieved by GPM opera-
tion mode over the range of isothermal operating tempera-
tures studied. The corresponding selectivities for the two
infinite PBR cases are provided for comparison. Results indi-
cate that as reaction temperature decreases, the achievable
H,:CO permselectivity increases owing to removal of equi-
librium limitations on the catalytic conversion of CO to
CO,. As reaction rates decrease with temperature, the resi-
dence time necessary to achieve sufficient reaction for design
point () increases, which corresponds to an increase in
hydrogen recovery rate. Thus, as temperature is decreased,
both the H,:CO apparent selectivity and H, recovery rate are
improved.

Further details of the (f) operating point for the design
case of (573 K, ®=7.6, ¢ =0.1) are presented to provide
additional assessment of this novel application of catalytic
membranes to gas purification. For a catalytic membrane of
5.67-mm thickness and catalyst activity factor (5) of 0.30,
the apparent H,:CO permselectivity is 298.4:1 at a H, recov-
ery rate of 41.6%, with corresponding feed and effluent com-
positions summarized in Table 3. The permeate gas
produced with above conditions has a CO content of 0.022%
and H, content of 20.6%, or 0.06% CO and 58% H, on a
dry-gas basis. For a single-tube-and-shell membrane with
inner radius of 4.75 mm, outer radius of 10.42 mm, and
length of 150 mm, these conditions correspond to a feed
(reformate) molar flow rate of 5.15 X 107> mol s~ ! and

Table 2. Summary of Design Parameters and Results for
Varying T at ® =7.6, £ =0.1

sweep (steam) molar flow rate of 3.4 X 10°% mol s !

(Da=0.1) at a hydrogen flux across the membrane of 8.49
X 107* mol H, per m? of membrane, or 0.038 mol Hy/s per
Kg of catalyst/membrane. This value is significantly lower
than membrane reactors detailed in the literature, indicating
that the present design is not efficient from a reactor design
perspective. However, from the perspective of a hydrogen
purification membrane, these results are shown to be quite
promising.

Hydrogen compositions entering and exiting both perme-
ate and retentate volumes allow determination of a log-mean
driving force as follows

AP —AP?
LMPD =t Hy where AP, = Pﬁjtic:tate

2]
APy,

__ pPermeate a Retentate
P H,,out andAP _PHz out

PIl?Iezl:rirrlleate ( 1 2)

Effluent compositions summarized in Table 3 correspond
to an log-mean differential pressure of 20,000 Pa, which
combined with a membrane thickness of 5.59 mm yields an
apparent hydrogen permeability of 2.37 X 107" mol m™!
Pa ' s. This value compares favorably against that of palla-
dium membranes, which are capable of typlcal hydrogen per-
meability of ~2 X 10" mol m™' Pa~

Adiabatic operation: Influence of reaction heat and
imposed thermal gradients

The performance of the catalytic membrane for gas purifi-
cation was investigated under adiabatic conditions to ascer-
tain the impact of reaction heat accumulation on gas
purification. Solutions to the adiabatic membrane reactor
model detailed in Section Model assembly were obtained
over a range of reactor Damkohler number for a membrane
design corresponding to ¢ = 0.1 and ®=7.6 at 773 K.
Three adiabatic cases were studied; (i) membrane operation
with matched feed and sweep inlet temperatures of 773 K,
(ii)) membrane operation with feed and sweep temperatures
of 890 and 623 K, respectively, and (iii) membrane operation
with feed and sweep temperatures of 679 and 930K, respec-
tively. For the latter two cases, temperatures were selected
such that the normalized temperature gradient, 1 was ~0.3%
while ensuring an averaged inlet temperature of 773 K, as
calculated from Eq. 14

T — T9

for adiabatic case (ii) and

lp—
0
_nr

o

Ts

o

for adiabatic case (iii) (13)

(Cn,F'Fg i Tf"'cp,S 'Fi i Tg)
(CP,F ~F§+C,,45 FzS))

Tove = (14)

Figure 11la presents a comparison of overall carbon mon-
oxide conversion obtained for isothermal operation with the

Table 3. Summary of Design Point (7) Performance in
Terms of Mole Fractions at 573 K, ® =7.6 and ¢ = 0.1

T (K) ¢ (m) 0 Sh,/co SH,/c0, R (%)

77315 156 X 10°° 023 947:1 0921 243 Feed (7) Retentate (=) Sweep (=) Permeate (=)

72315 207 X 107° 025  112.7:1  09:1 27.3 yco 0.09 131 X 1072 0.0 222X 1074

673.15 278 X 107° 028  1363:1  0.87:1 31.0 Yco, 0.03 925 X 102 0.0 2.89 X 1072

623.15 388 x 1077 032 2151 0.83:1 35.2 yH, 0.28 223 x 107! 0.0 2.06 X 107!

573.15 567 X 107° 035  2984:1  0.76:1 41.6 Vo 0.15 2.84 x 107" 1.0 6.45 X 107!
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three adiabatic cases described above. Results show that
overall carbon monoxide conversion for all four cases follow
the trend previously described in Section Comparison of
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Figure 11. Comparison of GPM design performance as

function of temperature at corresponding
Damkohler number.
(a) CO conversion (b) apparent permselectivity of H,/
CO based on permeate effluent composition (¢) H,
recovery (HR) (d) apparent permselectivity of H2/CO
vs H, recovery, at £ =0.1.

AIChE Journal November 2013 Vol. 59, No. 11

Published on behalf of the AIChE

CMR performance, varying ®at ¢ = 0.1. A comparison of
membrane apparent H,:CO permselectivity for the isothermal
and adiabatic cases (Figure 11b) indicates H,:CO permselec-
tivities obtained from isothermal operation are higher than
the adiabatic case of uniform inlet temperatures. Operation
with an externally imposed, sweep-to-feed thermal gradient
further reduces achievable H,:CO apparent permselectivity,
whereas an externally-induced feed-to-sweep thermal gradi-
ent reduces the loss in apparent selectivity from adiabatic
operation. A comparison of hydrogen recoveries (Figure 11c)
indicates a negligible effect of nonisothermality on hydrogen
transport rates. These trends combine to indicate a shift in
H,:CO selectivities with negligible change in recovery rates
when reaction heat produced by the equilibrium-limited
water-gas-shift reaction is allowed to accumulate within the
membrane reactor. Simulations indicate that this negative
impact of reaction heat accumulation may be partially miti-
gated by imposition of an opposing thermal gradient.

Conclusions

The authors have explored a novel application for a cata-
Iytic membrane reactor, specifically for achieving selective
removal of CO from H,-rich reformate mixtures solely by
manipulation of reaction and diffusion phenomena, that is,
without employing any permselective materials. In this appli-
cation, a typical reformate mixture (9% CO, 3% CO,, 28%
H,, and 15% H,0) is supplied to the retentate volume of a
tube-and-shell membrane reactor, whereas pure steam is sup-
plied to the permeate volume such that the overall H,O:CO
ratio within the system is 9:1. Simulations indicate that appa-
rent CO:H, selectivities of 90:1 to >200:1 at H, recoveries
of 20% to upwards of 40% may be achieved through appro-
priate design of the catalytic membrane and selection of
operating conditions. Two design criteria are identified for
achieving selective removal of CO from H,-rich reformate
mixtures, in terms of the catalytic film Thiele moduli (® =
7.6) and a dimensionless ratio of H, permeation to CO con-
version rates (¢ < 0.4). A methodology for identifying a suit-
able range of operating parameters is presented, based on a
target operating point corresponding to a CO conversion
equal to the equilibrium conversion calculated using the
reformate feed composition. At an isothermal membrane
reactor temperature of 573K corresponding to a catalytic
membrane thickness of 5.67 X 1073, this operating point
results in a Hy:CO apparent permselectivity of 298.4:1 at a
H, recovery of 41.6%; permeate gas produced under these
conditions has a CO content of 0.022% and H, content of
20.6%, or 0.06% CO and 58% H, on a dry-gas basis. Com-
parison of adiabatic and isothermal simulations indicates that
accumulation of reaction heat reduces apparent permselectiv-
ities; however, this may be mitigated by external imposition
of a countering thermal gradient.
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Notation

@™’ = ratio of membrane surface area to fluid volume (m™ ")

A?S = cross sectional area for flow (m?)
membrane surface area (m?)
C; = concentration of species i (mol m )
Cpr = specific heat capacity of retentate gas mixture (J mol !

K™
Cps = specific heat capacity of permeate gas mixture (J mol ™!
K™
d, = catalyst pore diameter (m)

D;’_]f;g = Knudsen diffusivity of species i (m* s~ ")
Da = Damkohler number (dimensionless)
= molar flow rate of species i (mol shH
hS = fluid-wall heat-transfer coefficient J m 2 s ' K1)
hF = fluid-wall heat-transfer coefficient J m 2s ' K1)
HR = hydrogen recovery in sweep (%)
ks = forward rate coefficient of reaction (mol m™ > s~ ! Pa™2)
k. = effective thermal conductivity of catalyst
kear = thermal conductivity of catalyst (J m 'sTPKTh
kgas = thermal conductivity of gas mixture (J m 'sT'KT
kos = malss—transfer coefficient at gas-solid interface (mol m
s )
ksotia = thermal conductivity of solid (J m s KT
K.y = equilibrium  coefficient ~ for  water-gas-shift
(dimensionless)
M; = molecular weight of species i (kg mol™ ")
L = membrane length (m)
n = normal surface vector (dimensionless)
pi = partial pressure of species i (Pa)
P = reactor total pressure (Pa)
rco = rate of carbon monoxide in WGS reaction (mol m > s)
r; = rate of appearance for species i via WGS reaction (mol m >
s)
R = universal gas constant (J mol ' K™
Si/j = apparent permselectivity of species i over species j
tmem = catalyst thickness (m)
e = catalyst thickness (m)
T = temperature (K)
T = temperature (K)
T = feed volume temperature (K)
TS = sweep volume temperature (K)
Ta.e = inlet average temperature of feed and sweep (K)
TF = initial temperature of retentate volume (K)
TS = initial temperature of };ermeate volume (K)
Vimem = membrane volume (m”)
V&S = flow volume (m?)
w; = mass fraction of species i (dimensionless)
X; = fractional conversion of species i (dimensionless)
xj = mole fraction of species i (dimensionless)

2

reaction

Greek letters
J = catalyst activity factor (dimensionless)
AH?, = heat of WGS reaction (J mol ')

n = catalyst effectiveness factor (dimensionless)
® = modified Thiele modulus (dimensionless)

1 = viscosity of pure species i, (Pa s)

Mg = viscosity of gas mixture (Pa s)
&= porosity of catalytic membrane (dimensionless)
p = density of gas (m® kg™ ")
¢ = Lennard—Jones parameter for determining gas viscosity

Q, = Lennard-Jones parameter for determining gas viscosity
T = tortuosity factor of catalytic membrane (dimensionless)
¢ = separation factor (dimensionless)
Y = defined in Eq. 15

Subscripts
CO = carbon monoxide
CO, = carbon dioxide
e = exit/outlet condition
H, = hydrogen
H,O = steam
o = initial/inlet condition

4344 DOI 10.1002/aic

Superscripts

cat = catalytic membrane volume
CMR = catalytic membrane reactor mode of operation
F = feed volume
GPM = gas purification membrane mode of operation
PBR = infinite packed bed reactor, reference case
S = sweep volume
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